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ABSTRACT

Zirconium tetrachloride was produced via the chlorination of zirconia in a fluidized bed

reactor in the presence of carbon. The fluidized bed zirconia carbochlorination reactor was

modeled dynamically via a three-phase hydrodynamic flow assumption. The operating

temperature (800-1200 °C), reaction time (30-120 min) and mean particle size (MPS) (70-130

µm) were chosen as the range of operating conditions. The comparison of reaction conversion

with experimental measurements was used for model validation. An acceptable compatibility

was observed between simulation results and experimental data. Investigation of fluidized bed

operating conditions with the validated model was accomplished and the results indicated that

smaller zirconia size, higher reactor temperature and reaction time improved chlorination rate.

The optimum operating conditions were found to be 1200 ºC, 120 min and 70 µm, in which

the maximum zirconia conversion of 91.8% was obtained.
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1. INTRODUCTION

The fluidized bedtechnique has received considerable attention for producing zirconium

tetrachloride, an intermediate in the production of zirconium metal, which is produced by

carbochlorination of zirconia according to the following reaction:

CO2
4

ZrClC2
2

Cl2
2

ZrO  (1)
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The fluidized bed technique has many inherent advantages, including temperature uniformity,

favorable heat transfer and solid handling, low pressure drop, and operational flexibility.

Modeling of fluidized bed is necessary for design and scale up. Among many models

employed, the hydrodynamic flow models are the most satisfactory for describing the

performance of abubbling fluidized bed [1]. This type of model describes and characterizes

the parameters influencing the hydrodynamics of fluidized beds. Hydrodynamic models are

divided into three categories i.e., single, two- and three-phase model. For dynamic simulation

of fluidized bed three phases including: bubble, cloud and emulsion are considered. Based on

this model, Davidson-Harrison model [2], Partridge-Row model [3], the Kunii-Levenspiel

model [4], the Kato-Wen bubble assemblage model[5], the Chiba-Kobayashi bubble flow

model [6], the shell model [7] have all been developed in accordance with different bubble

dynamics.

There are some investigations that report on the chlorination of zirconia[8-15]. Several

mathematical models have been developed to simulate the fluid dynamics and reaction

phenomena in the fluid bed. Fuwa et al.[16] introduced the bubble assemblage model to

interpret the selective chlorination of oxidized Ilmenite ore in the batch type fluidized bed.

Rhee and Sohn [17] developed a more detailed model that incorporate the solid mixing. Youn

and Park [18] developed a model to simulate the chlorination of rutile with coke in a fluidized

bed. Jazini et al. [19] developed two two-phase hydrodynamic models for simulation of

fluidized bed chlorination of zircon. They demonstrated that the plug-mixed model indicated

a stronger correlation with experimental data.

The main objective of this work was to design and build a pilot-scale carbochlorination

fluidized bed reactor and developing a hydrodynamic three-phase model to

dynamicallysimulate the fluidized bed reactor. In this model, a particle size reaction rate

expression, which takes into account the particle size distribution of solid, was incorporated to

calculate the concentration profile of chlorine in the bed. The particle size distribution in bed

was determined by a population balance. The model assumes that solid particles are well-

mixed (CSTR) throughout the bed, but gas concentrations vary with the bed height

(plug).Furthermore, the validated model was utilized to investigate the important operating

parameters affecting the reactor performance. Therefore, it is possible via the application of

the obtained model to pinpoint the appropriate conditions for reactor operation without any

additional time consuming and expensive experiments.
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2. EXPERIMENTAL

2.1. Materials

The gases used for this study were Nitrogen (99.9% purity) and Cl2 (99.9% purity). The

powdered materials were ZrO2 (Sooreh Co., Isfahan, Iran) (composition: Zr=73.9%,

Fe=0.18%, Si=0.015%, Al=0.01% and Hf=0.004%) and carbon (composition: fixed

carbon=95.8%, Ash=3.2%, Volatile 0.6% and heating loss=0.4%). The BET surface areas of

ZrO2 and carbon were determined to be 14.4 m2 /g and 1.5 m2 /g, respectively (Sorptometer

Kelvin 1042, ISO 9277-2010). The characterization (size and morphology) of the powdered

ZrO2 and carbon were determined by scanning electron microscopy (SEM) and X-ray powder

diffraction (XRD). Figs. 1and 2 show the SEM and XRD of the powdered materials in the

reactor feed, respectively. The mixture of carbon/zirconia (20/80 wt. %) was used to prepare

briquettes using laboratory hydraulic press. Then the briquettes were powdered by means of a

laboratory crusher to produce particles with mean size from 70 to 130 µm.

2.2. Apparatus and procedure

Fig. 3 shows the schematic representation of the pilot-scale fluidized bed reactor (FBR) used

for the experimental investigation of carbochlorination of zirconia in semi-batch and

continuous modes. The preheating part of the reactor vessel was 1.3 cm I.D., 6.4 cm O.D. and

40.6 cm long. The reaction section was 6.4 cm I.D., 11.4 cm O.D. and 55.9 cm long. The

disengaging section was 11.4 cm I.D., 16.5 cm O.D. and 15.2 cm long. The reactor consists of

two electrodes to introduce electric current into a fluidized bed of conductive particles. In the

case of chlorination reactions, the bed of carbon particles provides both the necessary

reluctant and the heating means. The reactor system is made of a hard graphite chlorination

reactor, a bed resistance heating unit, two condensing unit, and auxiliary equipment for

supplying and measuring the gases, feed, and power to the system. The graphite chlorination

reactor tapered from a 6.35 cm diameter at the bottom to 11.43 cm in diameter at the top and

was 123.19 cm high. A 1.27 cm hole in the bottom of reactor was used as a feed and

fluidizing gas inlet. In order to achieve more uniform temperature throughout the reactor, a

layer of fine graphite powder was built around the reactor. The second electrode for the

heating system was at the center of the reactor. Openings at the top of the reactor also served

as observation and exhaust ports. The reactor was mounted in a refractory-lined furnace shell

with a 25 cm layer of fire brick insulation surrounding the reactor. The bed resistance heating

system consisted of the electrode submerged in the bed material, the reactor wall which acts

as the second electrode, a 800 ADC-power supply controlled by a variable transformer and



S.M. Ghoreishi et al. J Fundam Appl Sci. 2017, 9(1S), 623-646 626

auxiliary power measuring equipment. The volatilized chlorides were collected by two

condensers.

The obtained powder of zirconia/carbon mixture was put in to the chlorination reactor and

fluidized with nitrogen. Power was supplied to the heating unit and the bed heated to

operating temperature. When the desired temperature was reached in the chlorination reactor,

the nitrogen flow was replaced with chlorine. The chlorine flow rate was set to 2 L/min,

which provided superficial space velocities of 5 cm/s thorough the reactor. All experiments

were carried out at the fixed Cl2 flow rate of 2 L/min. Table 1 shows the specifications of the

pilot plant for the operation in semi-batch mode. The chlorine flow and the power to the

reactor then were shut off and the system was cooled in nitrogen. The flow diagram of the

pilot is shown in Fig. 4.

3. MODEL FORMULATION

In developing the model, a fluidized bed with the following features and assumptions are

considered:

1- Simulation of fluidized bed carries out in dynamic mode. In order to drive optimum

consumption rate of zirconia for simulation in dynamic mode; three-phase rigorous model is

selected.

2- The bed consists of three regions: bubble, cloud and emulsion. The gases are

exchanged among these regions.

3- The gas compositions in the bubble and emulsion phases change with bed height, but

the solids are uniformly mixed throughout the bed.

4- Horizontal variations of gas concentrations in each phase can be neglected.

5- The bed is operated under isothermal condition due to the rapid mixing in the bed.

6- Pressure drop along the bed height is neglected.

7- Volume exchange, in the gas phase according to the reaction stoichiometry is

considered.

8- Bubble diameter changes along the bed.

3.1. Mass balance on bubble, cloud, and emulsion phase

The generalized mass balance equation for gas in bubble, cloud, or emulsion phase element is

as follows:

(Bulk flow in) – (Bulk flow out) – (Disappearance by reaction)± (Mass transfer) = (2)
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Mass changes during time

Fig.5 visualizes the differential element in in bubble, cloud, or emulsion phases.

The following equations have been derived in dynamic mode:

= + − ( − ) − (3)

= + − − ( − )+ ( − ) − −
(4)

= + − − ( − )+ ( − ) − −
(5)

To solve above equations, 4th order Runge-Kutta order was selected.Initial conditions for

above equations were:

(6)

= = == 0= −
3.2.Parameters used in the model

a. Diameter along the bed was calculated based on Horio [20] correlation:

)7(
ℎ
= 0.3 − −

In equation 21,  is = 7.68 × 10 /( )
b. Maximum bubble diameter, Dbm, was calculated by:= 0.652[ ( − )] (22)

In above equation, A is cross sectional area. Initial bubble diameter is calculated by the

following equation,= 0.00376( − ) (23)

c. Gas superficial velocity in bubble phase [21]:
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(8)−− = exp (− 55ℎ )
In which:

)9(= −
And

)10(=
And

δ = 1 − H H
d. Gas superficial velocity in cloud phase (Ucsn):

)11(=
Gas superficial velocity in emulsion phase (Uesn):

As gas superficial velocity, U0, is the sum of gas superficial velocity in whole phases, gas

superficial velocity in emulsion phase obtained by:

)12(= − −
Upward gas velocity Ubn[22]:

)13(= − + 0.711( )
e. Volume fraction of each phase:

)14(=
)15(= 1− 1 + , =
)16(= 1 − −

Which fw is the ratio of wake volume to bubble volume and is taken to be 0.25 in this study.

The volume of each phase in a compartment may be calculated as

)17(=
)18(=
)19(=
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The volume fraction of gas in the bubble phase is assumed to be one, and the volume fraction

of gas in the cloud-wake and emulsion phases is assumed to be equal to that at minimum

fluidization throughout the entire reactor

)20(= =
f. Height of bed expansion

)21(= −
in which

)22(= 1 − exp (−27.5)
)23(= 1 − exp (27.5)
)24(= − + 0.711( )
)25(= − ( − )exp (−0.15 )

g. Gas interchange coefficients

Ignoring the film diffusion contribution between the bubble and cloud phases, which is

usually small as compared to the bulk flow term, the gas interchange coefficients, between the

bubble and cloud-wake phases as well as the cloud-wake and emulsion phases, can be

expressed as [23].

)26(= 2
)27(= 12

h. Cross flow

In order to satisfy the overall material balance at a given bed height, the cross-flow terms are

necessary. The cross-flows may be evaluated as

(28)= −
(29)= + −

4. METHOD OF NUMERICAL SOLUTION

Proposed model for simulation of fluidized bed is illustrated in Fig. 6. Method of simulation

is based on forward calculation in which parameters calculates for each segment of bed. Starts
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at distribution plate, input parameters are used to calculate concentration of gas of all phases

for each increment. In the next step, input data updates and concentration of each phase

calculate. Based on bubble diameter, length of each step is determined and as a result, sum of

bubble diameter equal tolength of the bed. Calculation of gas concentration for total bed is

derived during step time.

5. RESULTS AND DISCUSSION

In order to investigate the model authenticity, the model predictions using Bicerolu-Gauvin

rate equation [9] were compared with the experimental results from pilot-scale chlorination

reactor.

In Fig.7, the model predictions are shown to agree reasonably well with the experimental

data. It should be pointed out that the model is not strictly tied to the correlations proposed for

the estimation of hydrodynamic parameters. It is expected that prospective experimental

investigations will lead to more accurate predictions, although the correlations utilized here

have provided fairly good results.

Fig. 8 (a-c) show the effect of reaction time and temperature on the zirconia conversion at

different zirconia particle sizes of 70, 100 and 130 µm, respectively. The deviation between

the experimental data and mathematical modeling has been depicted in Fig. 8b.

The trend of Fig. 8 illustrates that decreasing MPS from 130 µm to 70 µm, increases the

conversion due to the availability of larger surface area for reaction. The average diameters of

the zirconia particles used in the model were chosen according to the physical conditions of

the pilot plant reactor of this study and Spink et al. [24]. But it is necessary to realize that

there is a limit in the reduction of particle size due to the lack of bubbling fluidization and

excessive entrainment in the reactor.

Temperature had an important operational parameter and it is necessary to establish the

optimum temperature for the process. Increasing temperature causes higher reaction rate and

consequently results in higher zirconia consumption and enhance zirconia conversion.

Increasing the chlorination time from 30 min to 120 min was found to be directly proportional

to the amount of reacted zirconia.Fig.8 shows the XRD analysis of the produced ZrCl4 in the

carbochlorination process.

6. CONCLUSION

Using a kinetic equation developed by Bicerolu-Gauvin in the three-phase hydrodynamic

model of a fluid bed and the population balance of solid particles, resulted numerical
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predictions which shows a close agreement with the experimental data. Furthermore, using

the authenticated model developed in this study, the effects of different operating conditions,

namely, (1) superficial gas velocity, (2) inlet chlorine concentration, (3) inlet zirconia particle

size, and (4) reactor temperature on chlorine conversion and the flow rate of converted

zirconia consumption were investigated and the results demonstrate that small zirconia size,

high inlet gas velocity, and high reactor temperature enhance chlorination rate.

7. NOMENCLATURES AND UNITS

A 2m Cross section  area of bed

piC J/mole.K Specific heat capacity

C 3mole./m Concentration of chlorine

A0F mole/s Mole rate of chlorine

F kg/s Mass rate of solid

zF .sg/m2
Rate of zirconia converted in bed per unit cross section area

of bed

fH m Bed height

beK .s1/m 3 Interchange gas transfer coefficient

)(rK i kg/s Elutriation rate constant

n mole/s Mole rate

)p(ri m/1 Size distribution function

Q J/s Heat generated in bed

(C)R t μm/s Total shrinkage rate of zirconia particles of size ri in bed

bR
.s/mCl

mole
2

2

Chlorine rate of consumption per unit surface area of

zirconia particles

r
.s/mCl

mole
3

2

Chlorine rate of consumption per unit volume of bed

ir μm Radius of particle i

T K Temperature

u m/s Superficial gas velocity
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w 3kg/m Mass in bed per unit volume of bed

X )( Chlorine conversion

y )( Fraction of zirconia in each phase

z m Distance from gas distributor in bed

ΔH J/s Enthalpy change

rxnΔH J/mole Heat of reaction

0
fΔH Enthalpy change of formation at reference conditions

Dt m Bed diameter

fw Ratio of wake volume to bubble volume

F 1/s Gas interchange coefficient between phases

g cm/s Gravitational acceleration

h cm Height from distributor plate

Hf cm Expanded bed height

Hmf cm Bed height at Umf

P cm Cross flow between phases

Uis cm Superficial velocity of gas in phase i

U0 cm/s Superficial gas velocity

Umf cm/s Minimum fluidization velocity

Vin Cm3 Volume of phase I in the nth compartment

Greek letters

sρ 3kg/m Zirconia density

δ )( Volume fraction of bubbles in bed

Aε )( Fractional change in volume
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Table1. Operating conditions of FBR in semi-batch mode

Quantity Value

Cl2 flow rate 2 L/min

Superficial velocity of Cl2 in the bed 5 cm/s

Weight of C/ZnO2 mixture 2 Kg

Weigh percent of carbon in  the mixture 20%

electric current 200-250 A

Voltage 50-60 V

Figure captions

Fig. 1: The SEM images of (a) carbon and (b) zirconia.

Fig. 2: The XRD analysis of (a) carbon and (b) zirconia.

Fig. 3: Schematic representation of the pilot-scale fluidized bed reactor (FBR) with its

ancillary equipment.

Fig. 4: The flow sheet of the electro-thermal fluidized bed chlorination process.

Fig. 5: Schematic diagram of three-phase model.

Fig. 6: Simulation flow diagram of fluidized bed reactor.

Fig. 7: Output gas concentration versus time.

Fig. 8: zirconia conversion vs reaction time at different temperatures of 800, 1000 and 1200

°C and (A) mean particle size of 70 µm; (B) mean particle size (MPS) of 100 µm; (C) MPS of

130 µm.

Fig. 9: XRD of the produced ZrCl4 in the fluidized bed reactor.
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Fig. 4
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Fig. 6
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Fig. 7
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Fig. 8
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Fig. 9
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